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a b s t r a c t

Spatially resolved species and temperature profiles measured for a wide range of inlet stoichiometries
and flowrates are compared with microkinetic numerical simulations to investigate the effect of trans-
port phenomena on the catalytic partial oxidation of methane on Rh foam catalysts. In agreement with
the experimental data, the species profiles calculated at different C/O inlet stoichiometries show that
both partial oxidation products (H2, CO) and total oxidation products (H2O, CO2) are formed in the pres-
ence of oxygen. At the leaner stoichiometries, both oxygen and methane react in the diffusive regime at
the catalyst entrance. At the richest methane stoichiometry (high C/O), surface temperatures are lower
and methane consumption is only partly determined by transport. For all stoichiometries, a kinetically
controlled regime prevails in the downstream reforming zone after O2 is fully consumed. The effect of
increasing the flowrate shifts all species profiles downstream and also slightly modifies the shapes of
the axial profiles, due to the different effectiveness of heat and mass transfer. Despite enhanced mass
transfer and increased surface temperature, the shortened contact time causes a reduced CH4 conversion
at high flowrates. The effect of flowrate on the dominant regime is investigated, for both reactants, com-
paring the resistances calculated in the pure transport regime and in the pure kinetic regime. From a
chemical point of view, the model allows for the analysis of the reaction path leading to hydrogen.
Due to inhibition of H2O re-adsorption, it can be proven that H2 can be a primary product even in the
presence of gas phase O2. The analysis of the surface coverages shows analogous effects on the profiles
when decreasing C/O or increasing flow, because in both cases the surface temperature is increased. Syn-
gas selectivity was also evaluated, both from measured and calculated profiles. SH2 is well described by
the model at each stoichiometry and flowrate, while SCO is underestimated in every case. From this work,
it is also indicated that the Rh catalyst works with CO (measured) selectivities higher than equilibrium.
Carbon dioxide only forms in the oxidation zone, for C/O = 1 and 1.3, but in the rest of the catalyst zone,
there is no further production despite what would be expected from equilibrium. This confirms Rh does
not catalyze the water gas shift reaction. On the other hand, at C/O = 0.8, this reaction becomes active,
due to the higher temperature, and the CO2 is also produced in the reforming zone. This suggests that
CO2 will not rise after the oxidation section if the surface temperature is kept sufficiently low. Sensitivity
analyses to the active catalytic surface and to the kinetic parameters are provided.

� 2010 Elsevier Inc. All rights reserved.
1. Introduction

Methane catalytic partial oxidation (CPO) to synthesis gas is an
alternative to other energy-intensive technologies for industrial
exploitation of natural gas. Its optimal utilization requires a deep
insight into the underlying chemistry. Even though the reaction
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has been investigated for the past two decades [1–5], there are still
open questions and further scientific investigation is required.
Methane oxidation kinetics are very complicated, yet they are
the simplest among the hydrocarbon oxidation processes. Since
both exothermic and endothermic reactions are involved, a tem-
perature variation does not translate directly to a reactant conver-
sion, and energy and mass balances are deeply coupled. Therefore,
CPO is a challenging and fascinating application where chemistry
and transport phenomena are intrinsically connected with each
other, determining the final product distribution. Appropriate
modeling is needed to reproduce these complex features and to de-
rive a molecular understanding of the reaction mechanism.
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Nomenclature

bold vectors
� free surface site
ci concentration, kmol m�3

cP bulk gas specific heat, J kg�1 K�1

cP,S solid specific heat, J kg�1 K�1

Di species molecular diffusivity, m2 s�1

dpore pore diameter, m
f tortuosity factor
h species enthalpy, J kmol�1

i
DHR enthalpy of reaction, J kmol�1

K�I pseudo-first-order kinetic constant, m s�1

K extinction coefficient, m�1

KC mass transfer coefficient, m s�1

KT heat transfer coefficient, W m�2 K�1

L each monolith length, m
Nsp number of chemical species
_S species production rate by surface reaction, kmoli

m�2 s�1

SV geometric surface to void volume, SV = 4/dpore, m�1

S0V geometric surface to bed volume, S0V = Sve, m�1

SV,C active catalytic surface to void volume, m�1

t time, s
TG bulk gas temperature, K
TS solid temperature, K

v interstitial velocity, m s�1

W molar mass, kgi kmol�1
i

XCH4 methane conversion
YG bulk mass fractions, kgi/kgtot

YBL BL mass fractions, kgi/kgtot

z axial coordinate, m

Greek letters
e foam porosity, Vvoid/Vbed

g viscosity, kg m�1 s�1

kG bulk gas thermal conductivity, W m�1 K�1

kS solid thermal conductivity, W m�1 K�1

qG bulk gas density, kg m�3

qBL boundary layer gas density, kg m�3

qS solid density, kg m�3

Dimensionless numbers
PeM Re�Sc
PeT Re�Pr
Pr g�CP

k

Re G
gSV

Sc g
q�D
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Although there are many possible elementary reactions in the
methane CPO system, the number of global reactions which may
take place is not that high because the system is constrained to
give only six products: CH4, CO2, CO, H2, H2O and O2 (higher hydro-
carbons are commonly not detected). Some of the possible exo-
thermic oxidation reactions ranging from total oxidation to
partial oxidation are listed below.

Total Oxidation : CH4 þ 2O2 ¼ 2H2Oþ CO2

DH298
R ¼ �803 kJ mol�1 ðR1Þ

Partial Oxidation to H2O and syngas :

CH4 þ O2 ¼ H2 þ COþH2O DH298
R ¼ �278 kJ mol�1 ðR2Þ

Partial Oxidation to Syngas : CH4 þ 1=2O2 ¼ 2H2 þ CO

DH298
R ¼ �36 kJ mol�1 ðR3Þ

After oxygen is consumed, there are only three global reactions
which can take place (only two of them independent): steam
reforming (SR), water gas shift (WGS) and dry reforming (DR), even
if there is experimental evidence that DR does not occur on Rh and
is a result of the combination of SR and WGS [6–9].

Steam Reforming : CH4 þH2O ¼ 3H2 þ CO

DH298
R ¼ þ206 kJ mol�1 ðR4Þ

Water Gas Shift : H2Oþ CO ¼ H2 þ CO2

DH298
R ¼ �41 kJ mol�1 ðR5Þ

Dry Reforming : CH4 þ CO2 ¼ 2H2 þ 2CO

DH298
R ¼ þ247 kJ mol�1 ðR6Þ

The interplay between chemical and physical processes has
been acknowledged to be a fundamental issue in the modeling
[10,11] of fast, exothermic reactions. Plug flow reactor (PFR) mod-
els are unsatisfactory for catalytic combustion applications
because of the excessive simplifications in heat and mass trans-
port; full computational fluid dynamics (CFD) models or at least
lumped models accounting for transport phenomena [12–14] are
required.

The reaction rate of species involved in very fast reactions will
be dominated by the system’s mass transfer characteristics. How-
ever, for the other slower reactions, a good kinetic model and accu-
rate assumption for active surface area are required. It is obvious
that for an optimal kinetic study, all the species should be in ki-
netic control and also a safe determination of the reaction (surface)
temperature is necessary. Only if the temperature is well captured
by the model is a proper kinetic study possible. The dominant re-
gime is investigated for oxygen and methane, at every flowrate,
comparing the mass transfer coefficient and the kinetic constant
of the pseudo-first-order reaction, i.e. the consumption rate di-
vided by the concentration.

The reaction path influences and is in turn influenced by the
temperature profile. This means that even if chemical kinetics
are accurately described, incorrect species profiles will result un-
less a suitable temperature profile is used. However, the latter is
not easy to model, because it is affected simultaneously by several
physical transport processes. Heat released by the reaction [15] is
transported by gas convection and conduction (minor gas phase
influence of radiation) and solid conduction and radiation. Given
the exponential temperature dependence of the kinetics on the
one hand and the complexity of the phenomena contributing to
the heat balance on the other hand, the kinetics will be more influ-
enced by the temperature profile than vice versa. Therefore, a mod-
el capable of reproducing the temperature profile will reasonably
predict species profiles, in particular far from the catalyst entrance.

At relatively long residence times, the kinetics slow down and
the exit composition approaches equilibrium, which depends only
on temperature. The authors showed [14] that also the PFR model
correctly describes the exit composition, with the correct exit tem-
perature, even if the onset of the calculated profiles diverges
greatly from the experimental data at the inlet of the catalyst.
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Several studies have been published where a good description of
the temperature profile led to a reasonable prediction of gas prod-
ucts, even without accounting for mass transfer limitations ([16]
and partly in [17]) or for a detailed kinetic scheme [18–20]. On
the other side, [21] provides an example of detailed modeling,
accounting for both mass transfer and kinetics, that shows dis-
agreement between calculated and measured product distribution,
at the early stage of ignition, as well as of the temperature, pre-
sumably because of an inaccurate description of the energy bal-
ance. In our previous work [14], some underestimation of the
solid temperature in the oxidation zone might be contributing to
an underestimation of CO selectivity, which indeed increases with
higher surface temperature [16]. This effect of temperature on CO
selectivity is the combined result of a rapid desorption of CO and a
low concentration of gas phase O2 at the catalyst surface due to
transport resistances in the film, which could cause irreversible
further oxidation to CO2. CO2 has a very low probability to re-ad-
sorb on the surface and to dissociate back into CO(s) and O(s), which
is reflected in the used mechanism by the very low sticking coeffi-
cient. As a consequence, CO2 reforming is rather unlikely and a di-
rect path can be postulated for CO production. Contrary to CO2,
water has a high probability to adsorb and react in the steam
reforming reaction, so that both direct and indirect paths are pos-
sible. The route to hydrogen is one of the open issues that has been
investigated over the years and will be discussed in light of the
results available from the model. In the present work, we use the
same model as in [14] to describe the profiles at different stoichi-
ometries and flowrates and provide an additional sensitivity
analysis on the most uncertain parameters, which are the catalyt-
ically active surface-to-volume ratio and the kinetic constants of
the surface mechanism.
Fig. 1. Experimental species and temperature profiles at C/O = 1.0 and F = 5 slpm
total flowrate. H2O is a calculated profile. The abscissa denotes positions in the
reactor bed. The catalyst spans from 10 mm to 20 mm. Regions z < 10 mm and
z > 20 mm are in the front and back heat shield, respectively.
2. Experimental data

The reactor setup to measure spatially resolved species and
temperature data was presented in detail in a previous work [22].
Composition profiles of species CH4, CO, CO2, H2 and O2 were mea-
sured with a capillary sampling technique and mass spectrometry
(MS). The H2O profile was not measured; it was obtained from H
and O balances, using a mean square error technique. Since the con-
tinuity equation can be applied to every single atomic species, both
differences in the H and O atom balance can be accounted for by H2O
molecules. The H2O local concentration was then estimated as the
value that minimizes the residual sum of squares of the errors in both
H and O mass balances, at each axial measurement. The catalyst
foam was an 80 ppi a-alumina foam coated with 5 wt% rhodium. A
washcoat was not applied, and the noble metal was deposited
directly on the nonporous a-alumina. The catalyst foam was sand-
wiched between two uncoated 80 ppi a-alumina foam monoliths
serving as heat shields before and after the catalyst, all of them being
10 mm long. The preheat temperature of the gases flowing into the
front heat shield monolith was 100 �C. In addition, the reactor was
well insulated in the radial direction and behaved almost adiabati-
cally. The enthalpy of the gas mixture exiting the back heat shield,
which is a function of measured temperature and composition,
was equal to the enthalpy of the gas mixture entering the front heat
shield, within 5% error.

Experiments presented in this work include the influence of in-
let stoichiometry (C/O ratio) and flowrate (F), not previously inves-
tigated. The C/O ratio stands here for the ratio of carbon to oxygen
atoms in the feed gas. Data for C/O = 1 (syngas stoichiometry, R3)
and F = 5 slpm were presented and compared with a numerical
model in an earlier work [14] and serve here solely as a point of
reference for evaluating the new data at different stoichiometries
and flowrates. Two new data sets were produced by the authors
[23], one varying C/O = [0.8, 1, 1.3] at F = 5 slpm and the other
increasing F = [2.5, 5, 7.5, 10] slpm at C/O = 1 and are compared
here with the profiles calculated by the same numerical model.
For all experiments, argon was used as inert carrier and internal
standard for the MS quantification to prevent signal conflict be-
tween N2 and CO at m/z = 28 amu. The argon-to-oxygen ratio was
3.76:1 in all experiments to match the N2-to-O2 ratio typical of
air. Temperature profiles were available only for the experiments
at different C/O.
2.1. Experimental profiles at reference C/O = 1 and flowrate F = 5 slpm

Data at C/O = 1 and 5 slpm are presented in Fig. 1; all species
profiles are included to show how the species evolve relative to
each other. As this picture is qualitatively the same for all condi-
tions investigated, the species profiles are not presented altogether
in all subsequent figures but are split into two groups (top: H2, CH4,
O2 and bottom: CO, H2O, CO2). Reactants, CH4 and O2, go through
the front heat shield unconverted. The bending of their profiles
close to the catalyst entrance is due to diffusive fluxes driven by
the strong concentration gradients in the reacting zone, as typical
of flame fronts [24]. Oxygen is totally consumed within the first
3 mm of the catalyst foam, which will be called ‘‘oxidation zone’’.
In an earlier work, we proved that O2 reacts in full mass transfer
limitation in this zone [25]. The 1:1 reactant conversion within
the first mm of the catalyst foam can approximately be described
as partial oxidation of methane to H2O and syngas (R2) even
though the feed stoichiometry (C/O = 1) corresponds to partial oxi-
dation to syngas stoichiometry. All products (H2, CO, H2O and CO2)
are formed in the oxidation zone. Later downstream, H2O is con-
sumed, further reacting with CH4 in the SR reaction (R4) and, pos-
sibly, with CO in the WGS reaction (R5). After O2 is largely
consumed (z � 0.011 m), the slope of CH4 decreases. Methane con-
sumption continues behind the point of complete O2 consumption
by reaction with H2O to CO and H2 in a ratio of 1:3 reflecting steam
reforming stoichiometry (R4). This zone will be called ‘‘reforming
zone’’. CO2 has a net production rate only in the early oxidation
zone, probably because the fraction of active sites covered by oxy-
gen atoms is relatively high (above 0.1%, see Fig. 17) in this catalyst
section and the surface temperature (see Fig. 3) reaches values
above 1000 �C. Dry reforming (R6) which should lead to a net con-
sumption of CO2 is not seen to occur at these conditions. H2 and CO
are produced throughout the catalyst bed, at the beginning in a 1:1
ratio in agreement with (R2), but from z � 0.01 m onward, the ratio
turns to 3:1 as for steam reforming (R4), reducing to approximately



Fig. 3. Pyrometer measurements of surface temperature profiles at total inlet
flowrate F = 5 slpm and C/O = 0.8, 1, 1.3 stoichiometry (thinner to thicker line). The
displayed abscissa spans from the entrance of the front heat shield to the end of the
back heat shield, 0 mm to 30 mm. The catalyst zone, from 10 mm to 20 mm, is
highlighted.

Fig. 2. Experimental species profiles at total inlet flowrate F = 5 slpm and C/O = 0.8,
1.0, 1.3 stoichiometry (lighter to darker color). H2O is a calculated profile. CH4, O2

and H2 mole fractions (panel a), CO, H2O and CO2 (panel b). The catalyst section
spans from 10 mm to 20 mm.
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2:1 at the end of the catalyst, as expected from syngas formation
by CPO (R3). The significant amount of syngas produced in the oxi-
dation zone might suggest that the mechanism is direct, but from
the analysis of the species profiles in the gas film contacting the
catalyst, as accessible from model, water is available as reactant
early on in the catalyst, making the indirect syngas formation path
via steam reforming quite likely. At C/O = 1, thermodynamic equi-
librium allows 87% methane conversion, which is slightly higher
than the experimental value of 80%. Despite the rapid O2 conver-
sion within the first few millimeters of the catalyst foam, the reac-
tions in the reforming zone are too slow to reach equilibrium CH4

conversion at the actual residence time and available catalytic sur-
face area (no washcoat applied). The endothermic SR reaction (R4)
with its high activation energy runs indeed faster in the oxidation
where heat is continuously produced than in the reforming zone
where SR continuously lowers the catalyst temperature. The spe-
cies concentrations remain approximately constant in the back
heat shield, where axial diffusion is not supported by significant
gradients. For these reasons, all the following figures will not re-
port the back heat shield.

It should be noticed that small bumps and discontinuities are
sometimes apparent in the profile data. There is a short latent zone
in the first 0.5 mm (one pore length) of the catalyst, in which the
kinetics seem to be unexpectedly slow; just before 12 mm, we
measured a small bump in the methane and oxygen curves, and
so on. We believe that these artifacts are due to the irregular struc-
ture of the support, alternating empty and filled spaces and pro-
ducing intricate flow patterns, and do not have other physical or
chemical explanation requiring the model to account for them.

The same figure shows the temperature profiles, read by the
thermocouple (TG) and the pyrometer (TS). Surface temperature is
higher than gas temperature in the oxidation zone, due to the
strong heat release from the oxidation reactions (R1)–(R3). The dif-
ference between the two temperatures, up to 300 �C, reaffirms the
presence of transfer phenomena in the first millimeters of the cat-
alyst, where the kinetics is fast. At the end of the oxidation zone,
the temperature profiles cross, because endothermic reactions
are occurring on the surface. However, since the kinetics of steam
reforming are very slow, there is no more transfer resistance, and
the two temperatures overlap.

2.2. Experimental profiles at different C/O

Experiments at different inlet compositions were carried out at
the reference flowrate of 5 slpm. The Ar/O2 ratio was kept constant
at 3.76. Therefore, each C/O ratio corresponds to a particular set of
inlet flows of CH4, O2 and Ar. Fig. 2 shows the species profiles at
three different inlet stoichiometries, C/O = 0.8, 1.0 and 1.3.

The same general features are present for all three stoichiome-
tries. Oxygen is known to react with a pseudo-first-order kinetics
[25], due to strong transfer limitations in the early oxidation zone.
This is indeed reflected in Fig. 2 in such a way that early in the oxi-
dation zone, the O2 profiles start from different values but shortly
join together, revealing a faster decrease for the highest concentra-
tion. As the number of moles (total inlet flow) was kept constant,
the concentration is the same from this point on and the O2 profiles
decline simultaneously and exponentially to zero. Methane reacts
throughout the reactor with slightly different consumption rates.
The numerical differentiation of the profiles in the axial direction
shows the trend rC=O¼0:8

CH4 > rC=O¼1
CH4 > rC=O¼1:3

CH4 . This can be rationalized
by taking into account that the temperature level follows the same
trend ðTC=O¼0:8

S > TC=O¼1
S > TC=O¼1:3

S Þ, Fig. 3) and that temperature has
a major effect on the rate of CH4 consumption both in diffusive re-
gime (Kc / T1.75) and in kinetic regime. Water and CO2 profiles are
very similar in all cases especially with regard to location and
height of the water peaks. The water maximum is higher for C/
O = 0.8, consistently with a higher O2 mole fraction in the feed.
Due to the higher temperature levels for C/O = 0.8 and 1.0, H2O
consumption is faster for these stoichiometries than for the C/
O = 1.3. The CO2 profiles are nearly identical for C/O = 1.3 and C/
O = 1 and only slightly higher for C/O = 0.8. Interestingly, the



Fig. 4. Experimental species profiles at a feed stoichiometry of C/O = 1.0 and total
inlet flowrates of F = 2.5, 5, 7.5, 10 slpm (lighter to darker color). H2O is a calculated
profile. CH4, O2 and H2 mole fractions (panel a), CO, H2O and CO2 (panel b). The
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higher production of CO2 does not occur in the oxidation zone, as
could be expected due to a higher O2 concentration in the feed,
but CO2 is produced also in the reforming/WGS region of the reac-
tor, possibly because of a very high surface temperature. Together
with a higher H2O production at lower C/O, there is a higher H2

production, as well. This again indicates that higher temperatures
favor the SR (R4) reaction, as already noticed in terms of a higher
CH4 consumption. C/O = 0.8 and C/O = 1 reach similar syngas levels
at the exit of the catalyst, whereas for C/O = 1.3, the exit level is
much lower. This indicates that the former two cases suffer mass
transfer limitation also for methane, while the latter is in kinetic
control. From these experimental findings, it can be deduced that
CH4 is mass transfer controlled for the leanest mixtures, while
for the richer (C/O = 1.3), the regime is mixed, because the kinetics
are slowed down by the lower T. In the reforming zone, surface
reactions, which are no longer fully mass transfer controlled as
in the oxidation zone, proceed at slower rates leading to a differen-
tiation in all the species also for the C/O = 0.8 and C/O = 1.0
stoichiometries.

By observing the effects of different stoichiometries on the com-
position, it can be noticed that the total oxidation always occurs at
the beginning, consuming O2 as fast as it can; a higher C/O ratio is
unfavorable for the endothermic reforming reaction, because of the
lower catalyst temperature; in the reforming zone, there is some
WGS (R5) reaction, relevant only at the highest C/O.

Not only does the temperature influence the kinetics, but also
the vice versa is true. The relatively high amount of oxidant at
the lower C/O implies a stronger heat release in the oxidation zone,
with a consequent higher surface temperature (Fig. 3). On the
other hand, in the C/O = 1.3 case, the SR (R4) is slower and adsorbs
a smaller amount of heat than in the other stoichiometries. There-
fore, the temperature decrease is less steep and eventually the sur-
face temperature profiles overlap for C/O = 1 and 1.3.
catalyst section spans from 10 mm to 20 mm.
2.3. Experimental profiles at different flowrates at C/O = 1.0

Flowrate variations between 2.5 and 10 slpm were used to
investigate the dependence of the reaction on flowrate at the con-
stant reference stoichiometry C/O = 1.0. Fig. 4 shows the species
profiles for all flowrates investigated.

By increasing the flowrate, convection shifts all profiles down-
stream. It enhances the transport phenomena, but at the same
time, it reduces the contact time in the reactor. The oxidation zone
becomes longer, and the remaining reforming region shortens.
From 2.5 to 10 slpm, methane conversion and syngas selectivity
decrease. Obviously, the decreasing contact time affects mostly
the relatively slow steam reforming reaction, which is mainly
responsible for syngas production. Noticeably, the CO2 production
is almost the same even upon quadrupling the flowrate.

Mass and heat Péclet numbers (see nomenclature) estimate the
ratio between convection and diffusion (or conduction). At the cat-
alyst entrance (z = 0.01 m), we calculate, for the lower flowrate,
PeH2 = 0.25 and, for T and the other species, it spans a range from
0.7 to 1.3. For the largest flowrate used, PeH2 = 1.1 and the other
Pe’s vary from 3 to 5.5. Consequently, axial diffusive and conduc-
tive fluxes are never negligible and sometimes prevail over convec-
tion. This affects both the modeling and the understanding of the
experimental profiles. At 2.5 slpm, diffusion for all species and heat
conduction in the gas phase has to be considered. Due to its small
mass, H2 diffuses particularly fast. At 10 slpm, convection is the
dominant transport mechanism for all species but H2 and temper-
ature. Even at 10 slpm, H2 can diffuse against the flow direction.
Diffusion smoothes out all gradients in the profiles to some extent,
in particular at the lower flowrates and in regions of larger
gradients.
3. Numerical modeling: results and discussion

Spatially resolved experimental data as presented previously
present a unique opportunity to pointwise validate numerical pre-
dictions from detailed models. Recently, new reactor configura-
tions allowed 2D/3D inspection of the catalysts [26,27], but for
the first time, the described capillary sampling technique gave very
high resolution species profiles in this geometry [28]. While it is
certainly interesting and exciting to simply collect and discuss
these profiles, the ability to compare experimental profiles with
numerical simulations allows a deeper and more quantitative in-
sight into the chemistry and its interaction with physical transport
processes.

The model used in this work was already presented and vali-
dated for the reference case 5 slpm and C/O = 1 in a previous work.
Considering the experimental artifacts in the species profiles and
the uncertainty of some of the geometrical parameters of the mod-
el, the agreement was remarkable. The extended data presented in
this work for different C/O ratios and flowrates allow to test the
model further and to extract information about the interaction of
chemistry and transport that are experimentally inaccessible.
3.1. Model equations

The reactor model, which includes transport phenomena, con-
sists of transient, one-dimensional (axial) balances for heat (energy
balance, EB) and species mass (mass balances, MBs). The momen-
tum balance is not considered, since the pressure drop, evaluated
with the Ergun equation, is negligible, even in this relatively dense
foam [29]. From the continuity equation, the mass flux (qv) is
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constant. The reactor is represented as a straight channel, where
the bulk gas phase has certain composition and properties, while
there is a thin layer of gas (a film, or the boundary layer) close to
the solid surface with its own composition and properties. In the
following, the subscript G denotes quantities in the bulk gas phase,
whereas the subscript BL refers to quantities in the boundary layer,
in contact with the catalytic surface. At atmospheric pressure, the
CPO kinetics are solely catalytic and homogeneous reactions in the
gas phase can be neglected [30–33]. The composition in the bulk
gas phase can be related to that in the BL through transfer coeffi-
cients of mass and heat, using a lumped model [12].

The equations are written on a void volume basis. Symbols are
explained in the notation.

Bulk MB : qG
@YG

@t
¼ �qGV

@YG

@z
þ qGD

@2YG

@z2

� qGSV KCðYG � YBLÞ Nsp ¼ 7 ð1Þ

BL MB : qBL
@YBL

@t
¼ qBLSV KCðYG � YBLÞ þ SV ;C _s �W Nsp ¼ 7 ð2Þ

Bulk EB : qGCp
@TG

@z
¼ �qGvCp

@TG

@z
þ kG

@2TG

@z2 � SV KTðTG � TSÞ ð3Þ

Solid EB :
1� e

e
qSCp;S

@TS

@t
¼ 1� e

e
f
@

@z
kS
@TS

@z

� �

þ SV KTðTG � TSÞ � SV ;C

XNsp

k¼1

hk
_Sk

 !

� SVr T4
S �

K
2

Z þ1

�1
T4

S ðzþ z�Þe�Kjz�jdz�
� �

ð4Þ

The ideal gas law completes the model. All thermodynamic and
transport properties of the gas were estimated as functions of local
temperature and composition. The Bulk MB contains the terms of
accumulation, convection, axial diffusion and flux from the bulk
to the surface for the molecular species H2, O2, H2O, CH4, CO, CO2

and Ar. In the BL MB, the accumulation term equals the flux from
the bulk to the surface plus species production or consumption
at the catalyst surface. The Bulk EB is analogous to the Bulk MB,
containing accumulation, convection, axial conduction and the
heat flux from the bulk to the solid. The contributions of gas heat
conduction and diffusion have to be included in the model because
the PeM and PeT are close to unity. In the solid EB, convection can-
not exist, and the accumulation and conduction terms have to be
written on a solid volume basis. For this reason, it must be multi-
plied by (1 � e)/e, i.e. the solid to void volume fractions. Since the
solid structure of the monolith has a discontinuous nature, the heat
conduction in the axial direction finds high resistance (taken into
account through a tortuosity factor). Heat transfer by radiation
from one pore face to the others (while the amount of radiation ab-
sorbed by the gas is neglected) becomes very important at high
temperatures, as the emitted power increases with the 4th power
of the temperature. The integral term represents the total amount
of radiant energy absorbed by the foam support, considered as a
black body, in both directions, with an extinction coefficient
accounting for light penetration. The equation system comprises
16 partial differential equations first-order with respect to time
and second order with respect to axial coordinate, with the excep-
tion of the BL MBs, which only have the time derivative.

3.1.1. Boundary conditions
3.1.1.1. Frontheat shield (FHS) inlet (z = 0). The gas temperature and
composition are those in the feed. These result in Nsp + 1 Dirichlet
boundary conditions:

YG ¼ YG;feed and TG ¼ TG;feed
Due to the presence of a heat shield and the relatively low temper-
atures, no radiation leaves the reactor. One additional Neumann
boundary condition applies:

@TS

@z

����
z¼0
¼ 0
3.1.1.2. Back heat shield (BHS) outlet (z = 0.03 m). At the exit, we ne-
glect radiation leaving the BHS, as well, obtaining a zero gradient
condition for the solid temperature profile. This assumption is jus-
tified because the heat losses by radiation at the BHS are less than
5% of the total amount released by the reaction, estimated from the
global energy balance on the experimental data. Furthermore,
since gas and solid temperatures have approached each other at
the end of the BHS, the gas temperature gradient is negligible
and there is no conduction in the gas at the exit. The gas diffusivity
is also set to zero at the exit because no concentration gradients are
expected one centimeter downstream the catalyst. Therefore,
Nsp + 2 Neumann boundary conditions apply at the exit of the BHS.

@YG

@z

����
z¼0:03m

¼ 0;
@TG

@z

����
z¼0:03m

and
@TS

@z

����
z¼0:03m

¼ 0
3.1.1.3. Initial guess (t = 0). The calculations reflect the same start-
up procedure followed in the laboratory experiments. Starting
from a cold reactor with flowing feed gas, the central catalytic
monolith is heated up to the light-off temperature of the catalyst
with an external heat source added in the right-hand member of
Eq. (4). After reaction light-off, the heater is switched off and the
reactor operates autothermally approaching steady state. A change
in the operation conditions, for example a switch from one compo-
sition to another or to a new flowrate, is simulated such that the
previous steady state solution is used as a starting point from
which the new steady state is approached.

3.1.2. Equations’ parameters
As in Ref. [16], the solid component of the foam was considered

polycrystalline alpha-alumina, whose intrinsic thermal conductiv-
ity was taken as a function of temperature [34].

kS ðJ S�1 m�1 K�1Þ ¼ 103:7� 0:3782 � T þ 6:843 � 10�4 � T2 � 6:986

� 10�7 � T3 þ 4:058 � 10�10 � T4 � 1:245 � 10�13

� T5 þ 1:564 � 10�17 � T6

Pore diameter, porosity and the value of the extinction coefficient
were measured with image analysis [23]. The tortuosity factor
was taken from Ref. [35]. Transport coefficient correlations were
obtained for an 80 ppi foam through dedicated experiments, which
are described in detail in Ref. [23].

Sh0 ¼ 0:0483Re00:753Sc1=3

All numbers marked with a prime indicate that are based on the to-
tal bed volume.

3.1.3. Microkinetic model
The microkinetic model for CH4 oxidation on Rh was initially

developed by Schmidt et al. [4] and subsequently improved by oth-
ers [5] to a final 38-step surface mechanism, involving seven gas
species and 12 surface species (Table 1). It contains adsorption
and desorption reactions, as well as the proper surface reactions.

In general, the kinetic constants are provided either in the mod-
ified Arrhenius expression or as sticking coefficients, and in both
cases it can be function of the surface coverage [36], and the reac-
tion order can be different from the stoichiometric coefficient. In
the mechanism used, Adsorption Reactions 1–6 are defined



Table 1
Surface reaction mechanism for methane CPO on Rh [29].

A (cm, mol, s) Ea (kJ mol�1)

1. Adsorption
H2 + Rh(s) + Rh(s) ? H(s) + H(s) 1.000 � 10�02 s.c.a

O2 + Rh(s) + Rh(s) ? O(s) + O(s) 1.000 � 10�02 s.c.a

CH4 + Rh(s) ? CH4(s) 8.000 � 10�03 s.c.a

H2O + Rh(s) ? H2O(s) 1.000 � 10�01 s.c.a

CO2 + Rh(s) ? CO2(s) 1.000 � 10�05 s.c.a

CO + Rh(s) ? CO(s) 5.000 � 10�01 s.c.a

2. Desorption
H(s) + H(s) ? Rh(s) + Rh(s) + H2 3.000 � 10+21 77.8
O(s) + O(s) ? Rh(s) + Rh(s) + O2 1.300 � 10+22 355.2 � 280hO(s)

H2O(s) ? H2O + Rh(s) 3.000 � 10+13 45.0
CO(s) ? CO + Rh(s) 3.500 � 10+13 133.4 � 15hCO(s)

CO2(s) ? CO2 + Rh(s) 1.000 � 10+13 21.7
CH4(s) ? CH4 + Rh(s) 1.000 � 10+13 25.1

3. Surface reactions
H(s) + O(s) ? OH(s) + Rh(s) 5.000 � 10+22 83.7
OH(s) + Rh(s) ? H(s) + O(s) 3.000 � 10+20 37.7
H(s) + OH(s) ? H2O(s) + Rh(s) 3.000 � 10+20 33.5
H2O(s) + Rh(s) ? H(s) + OH(s) 5.000 � 10+22 104.7
OH(s) + OH(s) ? H2O(s) + O(s) 3.000 � 10+21 100.8
H2O(s) + O(s) ? OH(s) + OH(s) 3.000 � 10+21 171.8
C(s) + O(s) ? CO(s) + Rh(s) 3.000 � 10+22 97.9
CO(s) + Rh(s) ? C(s) + O(s) 2.500 � 10+21 169.0
CO(s) + O(s) ? CO2(s) + Rh(s) 1.400 � 10+20 121.6
CO2(s) + Rh(s) ? CO(s) + O(s) 3.000 � 10+21 115.3
CH4(s) + Rh(s) ? CH3(s) + H(s) 3.700 � 10+21 61.0
CH3(s) + H(s) ? CH4(s) + Rh(s) 3.700 � 10+21 51.0
CH3(s) + Rh(s) ? CH2(s) + H(s) 3.700 � 10+24 103.0
CH2(s) + H(s) ? CH3(s) + Rh(s) 3.700 � 10+21 44.0
CH2(s) + Rh(s) ? CH(s) + H(s) 3.700 � 10+24 100.0
CH(s) + H(s) ? CH2(s) + Rh(s) 3.700 � 10+21 68.0
CH(s) + Rh(s) ? C(s) + H(s) 3.700 � 10+21 21.0
C(s) + H(s) ? CH(s) + Rh(s) 3.700 � 10+21 172.8
CH4(s) + O(s) ? CH3(s) + OH(s) 1.700 � 10+24 80.3
CH3(s) + OH(s) ? CH4(s) + O(s) 3.700 � 10+21 24.3
CH3(s) + O(s) ? CH2(s) + OH(s) 3.700 � 10+24 120.3
CH2(s) + OH(s) ? CH3(s) + O(s) 3.700 � 10+21 15.1
CH2(s) + O(s) ? CH(s) + OH(s) 3.700 � 10+24 158.4
CH(s) + OH(s) ? CH2(s) + O(s) 3.700 � 10+21 36.8
CH(s) + O(s) ? C(s) + OH(s) 3.700 � 10+21 30.1
C(s) + OH(s) ? CH(s) + O(s) 3.700 � 10+21 145.5

a Value of sticking coefficient. Surface site density: C = 2.72 � 10�9 mol cm�2.

Fig. 5. Experimental (double line) vs. calculated (single line) species profiles at total
inlet flowrate F = 5 slpm and stoichiometry C/O = 1.0. CH4, O2 and H2 mole fractions
(panel a), CO, H2O and CO2 (panel b). The catalyst section falls between 10 mm and
20 mm.
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through a sticking coefficient and in O2 and CO Desorption Reac-
tions 8, 10, the kinetic constant is modified by the coverages con-
centration of the oxygen surface species, O(s). Because of all these
features, the kinetics is handled by an interpreter, which reads
the mechanism written in standard CHEMKIN format and returns
the calculated production rate and the heats of reaction at local
temperature and composition. Cantera [37] was chosen as inter-
preter because of its Matlab [38] interface, which makes the spe-
cies production rates as well as the thermodynamic and
transport properties available to the main program. Thermody-
namic data were taken from the GRImech3.0 database [39].
3.2. Modeling results for reference C/O = 1 and 5 slpm flowrate

The modeling results for the reference case at C/O = 1 and
F = 5 slpm are reported in Fig. 5, where they are compared with
the experimental species profiles. Methane conversion will be used
in the following, being a more concise representation, to compare
modeled and experimental data at different conditions, while H2

and CO selectivities will be calculated to analyze the species distri-
bution differences between experiments and model.

The model follows the experimental profiles very closely, with
three exceptions. Right at the entrance of the catalyst, within the
first 0.5 mm, the experimental reactant conversion is significantly
underestimated by the model. This lack of predictions remains
with different flowrates, as shown later, and, together with the ab-
sence of this trend in data sets obtained with other catalyst sup-
ports [6,22], it reinforces the idea that this feature might be due
to some physical irregularity of the support, like a blocked pore.
Also, the bump at 12 mm (2 mm inside the catalyst) might be of
similar origin. On the other side, a zone of higher conversion exists
between 14 mm and 17 mm. Also, this feature does not move with
increasing the flowrate and is therefore most likely linked to the
geometry of the support.

Furthermore, the evolution of the products is well captured by
the model apart from an underestimation of CO production in favor
of CO2. The most severe disagreement between experiment and
model is a lower predicted surface temperature, which is a possible
cause of the lower selectivity to CO, as discussed in the
introduction.
3.3. Modeling different C/O ratios

Data reported in Fig. 2 were modeled, and results are showed in
Fig. 6. Most of the features in the experimental profiles are repro-
duced by the model (Fig. 6a). The three O2 profiles overlap shortly
after the entrance of the catalyst and decline then with the same
rate. CH4 reacts more vigorously in the leaner mixture (see also
Fig. 7), where the surface temperature is highest. Hydrogen pro-
duction is very similar in the C/O = 0.8 and 1 cases, for which sup-
posedly its production is limited mostly by the transfer
phenomena (availability of methane at the catalytic surface), while
it is tangibly lower for the C/O = 1.3, probably in mixed mass trans-
fer–kinetic regime for CH4, mimicking the experimental trend.



Fig. 6. Calculated species profiles at total inlet flowrate F = 5 slpm and stoichiom-
etry C/O = 0.8, 1.0, 1.3 (lighter to darker color). CH4, O2 and H2 mole fractions (panel
a), CO, H2O and CO2 (panel b). The catalyst section falls between 10 mm and 20 mm.

Fig. 7. Experimental vs. calculated profiles of methane conversion at total inlet
flowrate F = 5 slpm and stoichiometry C/O = 0.8, 1.0, 1.3 (lighter to darker gray). The
catalyst section falls between 10 mm and 20 mm.

Fig. 8. Calculated temperature profiles (solid: solid, dashed: gas) compared to the
experimental pyrometer measurement (dots) at total inlet flowrate F = 5 slpm and
stoichiometry C/O = 0.8. The catalyst section falls between 10 mm and 20 mm.
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Some discrepancies are observed in Fig. 6b, showing the modeled
species profiles for H2O, CO and CO2. The corresponding experi-
mental profiles are shown in Fig. 2b. H2O profiles behave as in
the experiments. The peak water mole fraction is higher for the
low C/O because more O2 is available for total oxidation (R1). Fur-
ther downstream, the higher temperatures in the C/O = 0.8 and 1.0
case allow a faster water consumption by steam reforming (R4).
Given the lower temperatures prevailing in the C/O = 1.3 case,
steam reforming is slower and more water remains in the effluent
stream. The CO data show the most interesting features. Unlike the
experimental profiles, the calculated curves are very similar for all
the three C/O ratios investigated. Therefore, the model clearly
implements two different routes to H2 and CO, independent of
one another. The CO2 curves are overestimated at the lower C/Os.
Interestingly, similarly to what happens in the experiments, the
CO2 reaches inside the catalyst a plateau for C/O = 1.3 and 1, but
keeps increasing for the C/O = 0.8. This is not due to some residual
presence of O2 in the gas phase, as discussed later, since the O2 left
is even lower than in the other cases, because of a lower inlet con-
centration but mostly due to the higher temperatures (TS > 800 �C).

A more informative and concise way to compare experimental
and calculated species profiles at different C/O ratios is by plotting
methane conversion instead of mole fractions (Fig. 7). Aside from
the entrance region, the agreement is excellent for C/O = 1.3. The
oxidation zone is well described by all calculated profiles, whereas
in the reforming zone some discrepancies remain at lower C/O. A
similar mismatch is observed between the experimental and calcu-
lated temperature profiles at C/O = 0.8 (Fig. 8). Even though the so-
lid temperature maximum is well described by the model, the
decrease of the surface temperature in the model due to chemical
cooling by steam reforming is predicted much slower than ob-
served experimentally. Obviously, the transfer phenomena (con-
vection, axial diffusion and bulk-BL mass transfer) in the
oxidation zone are well captured by the model, whereas surface
kinetics in the steam reforming zone are insufficiently described.
A very sensitive parameter, of direct influence on any surface reac-
tion rate, is the active catalytic surface area per unit volume SV,C.
The effect of this parameter was investigated and is reported in
the ‘‘Discussion’’ section.

3.4. Modeling different flowrates

Calculated profiles at different flowrates are shown in Fig. 9. As
expected, increasing the flowrate shifts all profiles downstream,
but modifies them also in other ways. Diffusion smoothes steep
gradients more effectively at low flowrates (low Pe), while it is
becoming less important at higher flowrates (high Pe). The effect
of diffusion is particularly evident near the catalyst entrance,
where there is a rounding of all species profiles, mostly that of
H2. Apart from increasing the Pe numbers for mass and heat,
increasing the flowrate enhances heat and mass transfer between
the gas and the solid, such that in some region inside the catalyst
foam, the overall reaction can change from diffusion limited to a
kinetically controlled regime via a mixed regime in between (see
‘‘Discussion’’). On the other hand, increasing the flowrate lowers
the residence time, which in turn leads to a decrease in conversion.

As observed experimentally (cp. to Fig. 4), there is an evident
shifting of all profiles, particularly evident in the oxidation zone.
Model predicts that methane and oxygen decrease before reaching



Fig. 9. Calculated species profiles at total inlet flowrates of F = 2.5, 5, 7.5, 10 slpm
(lighter to darkercolor) and at C/O = 1.0 stoichiometry. CH4, O2 and H2 mole
fractions (panel a), CO, H2O and CO2 (panel b). The catalyst section falls between
10 mm and 20 mm.
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the catalyst at the lowest flowrate (2.5 slpm), because of forward-
diffusion, as measured also, whereas at the highest (10 slpm), both
suddenly begin reacting at the catalyst inlet. This diffusion effect
separates the profiles already at z = 0.01 mm, which means the
reactants reach the catalyst inlet with a different composition
depending on the flowrate. Inside the catalyst, increasing the flow-
rate leads to a shorter contact time and, in consequence, lower
methane conversion and lower H2 and CO yields. The H2O profiles
are also shifted downstream but show a more complicated trend
due to a complex interplay of transport and kinetics. Due to an in-
crease in flowrate, the oxidation zone widens, leading to an in-
crease in catalyst temperature (Fig. 10) and of the height of the
Fig. 10. Calculated solid temperature profiles at total inlet flowrates F = 2.5, 5, 7.5,
10 slpm (thinner to thicker lines) and C/O = 1 stoichiometry. The catalyst section
falls between 10 mm and 20 mm.
water peak. At the same time, the higher surface temperature leads
to a higher rate of endothermic steam reforming. In the calculated
profiles, water production due to oxidation is more pronounced
than water consumption due to reforming. Therefore, the model
predicts an increase of the water peak with increasing flowrate.
In the experiments, the trend of the maxima is opposite. The peak
H2O mole fraction at 2.5 slpm is higher than at 10 slpm, indicating
that steam reforming is predicted too slow by the model possibly
due to an underestimation of the available catalytic area in the
model. It has to be recalled that the oxidation zone is defined as
the length of the catalyst where oxygen is present among the gas
species, while in the reforming zone, only SR, WGS and DR (R4-
6) are possible. But the reforming reactions start already in the oxi-
dation zone, which is proved by the negative H2O gradient. In fact,
oxidation is not affected by the SV,C parameter, because it runs in
diffusion regime, while reforming, controlled by the kinetics, is
proportional to the active catalytic surface. The discrepancy be-
tween model and experiment is most pronounced at the highest
flowrate, where mass transfer is enhanced and steam reforming
kinetics start influencing the conversion, also in the oxidation zone.
As a consequence, a good estimation of the active catalytic surface
becomes important also in the oxidation zone, at higher flowrates,
because the reactions run in mixed regime. Similar to what is ob-
served in experiments, CO2 profiles are less strongly affected by
the flowrate as CO2 is only formed in the oxidation zone where
transport dominates and kinetics is less important. Once again,
the model describes accurately the mass transport phenomena.
Nonetheless, it has to be noticed that, similarly to what happens
in the reference case, the CO2 predicted is about twice as much
as in the experiments, meaning that there is some factor affecting
the carbon selectivity, which is still to be identified but is most
likely linked to the chemistry.

In the reforming zone, the curves at different F, which were dif-
ferentiated already in the oxidation zone, remain separated as they
rise with similar slopes. The experimental profiles, on the contrary,
have very different behavior in the middle of the catalyst, where
the reactivity is much higher for the highest flowrates, so that
the four curves approach one another toward the end of the cata-
lyst. The reason for this different behavior is not clear: errors in the
kinetics or in the temperature description or underestimated/irreg-
ular active area distribution are possible causes of this discrepancy.

Fig. 11 shows a comparison of the experimental and calculated
methane conversion profiles. The agreement at 2.5 slpm is remark-
able, while at 10 slpm, there is no concordance, either at the inlet
Fig. 11. Experimental vs. calculated profiles of methane conversion at total inlet
flowrate F = 2.5, 5, 7.5, 10 slpm (lighter to darker gray) and C/O = 1.0 stoichiometry.
The catalyst section falls between 10 mm and 20 mm. The dash-dot-dot line
represents the F = 10 slpm curve, shifted downstream.
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or at the outlet of the catalyst zone. Nonetheless, the slope of the
calculated curve at 10 slpm matches that of the experimental one
in the oxidation zone, if it is shifted downstream (dash-dot-dot
line), meaning that there is an initial effect in the first millimeter
of the catalyst that the model cannot reproduce. The reforming
zone is adequately described at low flowrates, but the rate of steam
reforming is underestimated at the higher flowrates in the center
of the catalyst. In fact, the slopes of the curves are similar in the
calculated and experimental profiles, at the end of the catalyst,
but they are very different right in the middle, where water con-
centration and surface temperature are still high.
4. Discussion

The capillary sampling technique is very useful for gathering
data in short contact time catalytic partial oxidation processes.
The measured species and temperature profiles offer a unique
opportunity for interpreting the data with detailed models, recog-
nizing the contribution of physical and chemical phenomena,
through the implementation of the more relevant transfer phe-
nomena and the inclusion of a micro kinetic mechanism. Such a
comparison allows in a first step the refinement of the model itself
in terms of heat transport, mass transport and surface kinetic
description and in a second step, after agreement with the experi-
mental profiles is reached, a quantitative assessment of the inter-
play between transport and chemistry on the one hand and the
catalytic reaction pathways on the other hand.

The reliability of the model has once again been confirmed by
the comparison with the new experimental data measured at dif-
ferent C/O and flowrates. The model is suitable to reproduce both
the qualitative and quantitative behavior of the methane CPO on
Rh and can therefore be used for an in-depth analysis of the chem-
ical reaction pathways at the Rh surface. Measurements at differ-
ent inlet composition and total flowrate provide a further
opportunity to discuss the validity and criticisms of the available
surface chemistry models.

4.1. Kinetics vs. diffusive regime

A discussion about the dominant regime of reaction has been
touched on all through the paper, through qualitative analysis of
curve shape, for example looking at the trends with changing flow-
rate or stoichiometry. The discussion can be extended to include
other quantitative arguments with the use of the model.

The reaction regime to which the reagents are subjected in the
oxidation zone is of primary interest. In the oxidation zone, the dif-
fusive regime of oxygen is almost unquestionable; however, the
behavior of methane is ambiguous and suggests a mixed regime
for the highest flowrates. A comparison between the transport
coefficient and the kinetic constant is reported in Table 2 to show
the relative rates of reaction and transport for O2 and CH4. Since
reactants do not undergo a single first-order reaction, but a de-
tailed kinetic mechanism, the kinetic constant of the correspond-
Table 2
Transport coefficient and pseudo-first-order kinetic constant of O2 and CH4 at the
different flowrates and 1000 �C. The ratio between the kinetic constant and the
transport coefficient is reported as well.

F (slpm) 2.5 5 7.5 10
KC,O2 (m s�1) 0.280 0.468 0.638 0.795
KC,CH4 (m s�1) 0.333 0.556 0.758 0.946
k�O2ðm s�1Þ 3.2

k�CH4ðm s�1Þ 1.3

k�O2=KC;O2 11.4 6.48 5.01 4.03
kCH4=KC;CH4 3.90 2.34 1.72 1.37
ing first-order reaction, called the pseudo-first-order kinetic
constant, is calculated as the ratio between the consumption rate
of the reactant and its concentration:

k�i ¼
�_si

ci
i ¼ O2; CH4

The feed concentration was used to calculate the transport
properties and the surface reactions. The temperature of
1000 �C = 1273 K was chosen for all the four cases to simplify the
comparison, although analogous results (not shown) can be ob-
tained applying the actual surface temperatures, spanning from
1160 K to 1325 K at the surface temperature peaks.

Transport coefficient of CH4 is about 20% higher than O2’s. They
both increase with flowrate, proportionally to F0.75, as in the trans-
port correlation adopted in the model. On the other hand, having
set a unique temperature value for the four cases, the kinetic con-
stant does not depend on F. k�O2 is about 2.5 times k�CH4. More inter-
esting are the ratios k�O2=KC;O2 and k�CH4=KC;CH4, which give us an
indication about the dominant regime. For O2, the kinetics is 11
times faster than transport, at F = 2.5 slpm, and still four time faster
at 10 slpm. Oxygen reacts in diffusive regime for the whole range
of F investigated with the experiments. On the other hand, the
same ratio, calculated for CH4, is about 4 at 2.5 slpm, but is close
to 1 at 10 slpm. At the highest flowrates, methane reacts in a mixed
regime, controlled both by radial diffusion and chemical reaction.

In an attempt to apply a typical parameter analysis [40] for the
oxidation zone operating in diffusive regime for CH4, the conver-
sion at 10 slpm is estimated from the knowledge of the corre-
sponding conversion at 2.5 slpm assuming pure mass transfer
control. The effect of flowrate is investigated, e.g. by evaluating
which conversion X2 the 10 slpm curve should have at a position
when the 2.5 slpm curve reaches X1 = 50% conversion. As shown
in Fig. 11, X1 = 50% is reached at about z* = 0.012 m. By solving
the mass balance without diffusion, at steady state and in mass
transfer control (YBL = 0), the following relation is obtained:

ln 1
1�X1

ln 1
1�X2

¼
KC;1SV Z�

v1

KC;2SV Z�

v2

The dependence of KC on the flowrate is, with our correlations,
KC / v0.75.

X2 ¼ 1� 1

exp ln 1
1�X1

� �
� v2

v1

� �0:75�1
� � ¼ 1� 1

exp lnð2Þ � ð4Þ�0:25
h i ¼ 39%

The actual X2 is 37%, a little lower than that calculated assuming
instantaneous kinetics because it was shown that for a high flow-
rate, the chemistry slows down the conversion even more than the
sole mass transfer resistance. As an aside, this simple calculation
confirms that an increase in velocity augments the mass transfer
coefficient, but the general consequence is a reduction on conver-
sion, at the same position. As the good agreement shows, conver-
sion in the oxidation zone is governed mostly by mass transfer.
Nonetheless, as the flow increases, mass transfer becomes more
efficient, kinetics can discriminate the results, thus the chemistry
model is progressively more important.

4.2. Hydrogen reaction path

The reaction path that leads to H2 in methane CPO has been a
subject of a heated debate in the literature. In the direct path,
methane and oxygen, once adsorbed on the surface, produce CO
and H2 straightaway, without any intermediate desorption/adsorp-
tion of any other species. In the indirect path, methane participates
in total oxidation (TO) reaction (R1), leading to CO2 and H2O, which
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leave the surface, and only after a second adsorption step, CO2 and
H2O react with CH4 in SR (R4), WGS (R5) and DR (R6) to generate
CO and H2. Some authors suggested a direct H2 formation path
mostly based on results from transient experiments [41]. Other
experiments in which product species were added to the feed
[42] suggested an indirect path. As shown recently by the authors
[14], the experimental measurements might be misleading. Mea-
sured gas product compositions refer to the composition of the
bulk gas phase, while the gas composition in the boundary layer,
i.e. the immediate vicinity of the catalyst surface, might be totally
different and contain a substantial water concentration already at
the entrance of the catalyst. From experimental observation, it is
rather difficult to discriminate between the two pathways, because
surface hydrogen atoms H(s) can either produce H2 (R2H2: H(s) = ½
H2 + �) or participate in the reactions: R2OH(s): H(s) + O(s) = OH(s) + �
or R2H2O(s): H(s) + OH(s) = H2O(s) + �. Fig. 12 displays results for the
reference case C/O = 1.0 and 5 slpm flowrate. In the oxidation zone,
the routes R2OH(s) and R2H2O(s) are about two and three times
higher than R2H2, respectively, but H(s) recombination (R2H2) in-
creases, soon (z > 0.11 m) prevailing over its consumption reac-
tions (R2OH(s) and R2H2O(s)). In the steam reforming zone, R2H2

remains positive, while R2OH(s) and R2H2O(s) become negative, be-
cause H2O re-adsorbs on the surface and re-dissociates into H(s)

and O(s).
Veser [33] used the same mechanism, in an earlier formulation

[4], to evaluate the total amount of H2 produced via the direct or
the indirect path. Using an ideal PFR reactor, with no axial diffusion
and infinite diffusivity in the radial direction, he found that the
indirect path contributes at most 25% to the total H2 produced,
consistent with the 30% predicted by our model. From this result,
he concludes that the main route to H2 is through a direct path.

According to the production rates of H2 and H2O (Fig. 13a), H2O
is preferably produced at the catalyst entrance, but its net forma-
tion rate _SH2O decreases rapidly and becomes negative at the
end of the oxidation zone. H2 production rate, _SH2 , shows exactly
the same trend as R2H2, only the absolute value is doubled. Being
the R2H(s): ½ H2 + � = H(s) the inverse of R2H2 and the only other
reaction involving molecular H2, _SH2 ¼ 2 � R2H2 � 2 � R2HðSÞ �
2 � R2H2, meaning that the rate of adsorption of H2 to H(s) is negli-
gible. Even though this analysis is useful for studying the H2 selec-
tivity, it is misleading in terms of understanding the H2 formation
path. This is due to the fact that a positive production rate of water
only means that water production via TO (R1) (or even via H2 com-
bustion [43]) is greater than its consumption via SR (R4). To study
the methane CPO (R2) reaction path without influence of other
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Fig. 12. Reactions involving the surface hydrogen atoms H(s) in the catalytic foam.
reactions, adsorption of products was inhibited, i.e. canceling reac-
tions 1, 4, 5, 6 from mechanism showed in Table 1, allowing only
adsorption of reactants, i.e. reactions 2, 3. The results are displayed
in Fig. 13b. Under the superimposed restrictions in the mechanism,
reactions are possible only in the oxidation zone, because after the
oxygen is consumed, no other species can adsorb and react on the
surface. It is very interesting to note that the water production rate
is only slightly higher with inhibited product re-adsorption, simply
because it is not involved in any other reactions, e.g. SR: its produc-
tion rate is limited by the availability of O2 on the surface. How-
ever, most remarkably, H2 production is nearly three times faster,
probably because the surface coverage is different without product
re-adsorption and this circumstance favors H2 production, as well
as CO production (not shown). More importantly, since H2O cannot
adsorb back on the surface, all the H2 produced comes from a direct
route. The above results suggest the coexistence of both reaction
paths and that H2 can be a primary product already at the entrance
of the catalyst, even with a great presence of O2.
4.3. Coverages and selectivity trends at different C/O and flowrate

For all investigated C/O ratios, calculated surface coverages of
the main surface species are shown in Fig. 14. As expected, in the
mass transfer limited oxidation zone, the majority of the Rh sites
are free. At the higher C/O ratio, due to the relatively higher
amount of carbon atoms in the reactants, the CO(s) and C(s) in-
crease. There is a lower production of CO2, which causes a smaller
heat release. The lower temperature slows down the desorption
reaction, which also explains the diminished free surface sites.
The general trend of a decreasing fraction of free rhodium sites
with increasing C/O is also in line with a gradual transition from
a purely mass transfer limited regime in the oxidation zone to a
partly kinetically controlled regime, since the site is free when
the reaction + desorption occurring on it is much faster than the
feeding rate from the gas phase. The O(s) is consumed more rapidly
as the gas phase partial pressure of O2 in the oxidation zone de-
creases with increasing C/O. The H(s) coverage decreases at higher
C/O ratio.
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Table 3
Conversion and selectivities at the exit of the catalyst section for the C/O = 0.8
stoichiometry (Tinlet = 100 �C). Thermodynamic equilibrium (iso-H and iso-P) vs.
experimental and calculated data.

Equilibrium Experimental Model
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The calculated integral selectivities, defined locally as SH2 = cH2/
(cH2 + cH2O) and SCO = cCO/(cCO + cCO2), depend differently on the C/O
ratio (Fig. 15). Furthermore, the model predicts different trends
than are observed experimentally. For the leanest stoichiometry
(C/O = 0.8), where surface temperatures are highest, the model
predicts the lowest selectivity to CO (SCO), exactly opposite to the
experiments where SCO is highest for C/O = 0.8. The consequence
of an underestimation of SCO is of course an overestimation of
SCO2, as guessed from the observation of the concentration profiles.
The SH2 curves from the model almost overlap in the steam reform-
ing zone in the case of C/O = 0.8 and C/O = 1, whereas it is lower for
C/O = 1.3. This time the model follows the experimental trend,
even though the model underpredicts H2 production in the reform-
ing zone and thus its selectivity. There is a minimum in the H2

selectivity, near the entrance. This behavior apparently confirms
the presence of some H2 combustion. In reality, it is only an artifact
due to the combination of axial and radial diffusion: the bulk gas
composition is different from that in the boundary layer and in
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Fig. 15. Syngas selectivity in the catalytic foam at total inlet flowrate F = 5 slpm and
stoichiometry C/O = 0.8, 1.0, 1.3 (lighter to darkercolor). Solid lines and circles
correspond to numerical and experimental SCO, respectively. Dashed lines and
squares relate to SH2.
particular H2 diffuses much faster than H2O, determining the pres-
ence of H2 in the gas upstream the catalyst entrance, where hydro-
gen selectivity is already high even though the reaction has not
started. In fact, the same figure (not shown), drawn with the
boundary layer compositions, would give a monotonic trend for
SH2. The fact that the experimental data presents the same mini-
mum is due to the same effect of diffusion. Furthermore, the selec-
tivity to H2 increases in the axial direction, with methane
conversion, as a combined result of CPO (R2) and SR (R4).

Thermodynamic equilibrium, evaluated at the C/O = 0.8 stoichi-
ometry, confirms that the experimental methane conversion ap-
proaches the equilibrium value, which is close to unity (Table 3).
The model reaches only 94%. The exit temperatures reflect these
results as well. Since endothermic steam reforming SR (R4) does
not reach equilibrium, the experimental temperature at the end
of the catalyst is slightly higher (only 2 �C) than the thermody-
namic adiabatic temperature. On the other hand, the calculated
exit methane conversion is 5.5% lower than equilibrium leading
to a 100 �C higher exit temperature than equilibrium. Hydrogen
selectivity is the same in both the experiment and the model and
only 1.5% lower than equilibrium. The calculated exit CO selectivity
is significantly lower than equilibrium, while in the experimental
data, it is even higher. This is a desired behavior and typical for
Rh as catalyst, which has the ability to increase SCO above the equi-
librium value. Nonetheless, the high temperatures (TS > 800 �C)
reached by the catalyst enhance the rate of WGS (R5), increasing
SH2 and reducing SCO, which passes through a maximum at about
2/3 of the catalyst and then decreases toward the equilibrium va-
lue (Fig. 16), calculated at constant pressure and enthalpy, starting
from the feedstock composition at 100 �C. This behavior is reflected
by the observed rise of the CO2 profile, both experimental and cal-
culated, noticed only at the high surface temperatures in this par-
ticular experiment. Rhodium is confirmed, both from experimental
and numerical evidences, in its role of enhancing the syngas selec-
XCH4 (%) 99.5 99 94
T (�C) 810 812 910
SH2 (%) 91.5 89 89
SCO (%) 91 94 84

Fig. 16. CO experimental selectivity (dots) at total inlet flowrate F = 5 slpm and
stoichiometry C/O = 0.8, compared with the adiabatic equilibrium value (dashed
line) in the catalytic foam. The real sampling rate is used in plotting the
experimental data.
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tivity, depleting the production of CO2 in favor of the CO, i.e. not
catalyzing the WGS reaction (R5). On the other hand, given the
higher surface temperature in the C/O = 0.8 test, some shifting of
the product composition toward equilibrium is likely to occur.
The WGS reaction, which does not appear to reach equilibrium
for C/O = 1.3 and 1, is kinetically favored by the higher temperature
and occurs along the entire catalyst, changing the composition
accordingly to the equilibrium.

Fig. 17 shows how the coverages of the main surface species
change with flowrate. The resulting curves are the result of a com-
plex interplay between increased surface temperature, increased
mass and heat transfer in radial direction, decreased contact time
and decreased relevance of axial diffusion. Contrary to what hap-
pens increasing C/O, at higher F surface oxygen atoms O(s) remain
on the Rh surface for longer, simply because gas phase oxygen is
now consumed over a longer section of catalyst than at low flow-
rates. In general, all profiles are shifted downstream, also with
modifications in their shapes. CO(s) decreases and forms a mini-
mum in the oxidation zone; this is more pronounced at higher F.
C(s) is simply translated downstream. H(s) shows an inversion,
along the catalyst: at the catalyst entrance its coverage decreases
with increasing F, while at the exit, it shows the opposite trend.
Rh-free sites increase at higher F, confirming that when rising
the flowrate, the process becomes increasingly kinetically
controlled.

In terms of selectivities, increasing F does not have the same ef-
fect as decreasing C/O (Fig. 18). Both SCO and SH2 decrease with
flowrate, which also happens in the experiments. SCO is generally
under predicted by the model, while SH2 shows a better general
agreement with the experimental selectivity. The minima in the
SH2 curves are present both in the experimental and model curves,
whereas the minima in the model are at a fixed axial coordinate, the
experimental minimum shifts downstream with increasing F. At all
flowrates, the experimental SCO grows monotonically and reaches
values higher than equilibrium at the catalyst exit, e.g. at
F = 10 slpm, SCO,exp = 94.5% > SCO,equil = 91%. The calculated value
reaches only SCO,model = 88%. Opposite to the behavior at C/O = 0.8,
there is no continuous production of CO2 along the entire catalyst
as the surface temperature is 100 �C lower (cp. Figs. 3 and 10).

In summary, according to the model, increasing C/O or decreas-
ing F (i.e. increasing the residence time) results in a higher CO(s)

coverage on the surface. In terms of selectivities, increasing C/O in-
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Fig. 17. Main fractional surface coverages in the catalytic foam at total inlet
flowrate F = 2.5, 5, 7.5, 10 slpm (lighter to darker color) and stoichiometry C/O = 1.0.
creases SCO but decreases SH2, whereas both SCO and SH2 increase
with decreasing F. The first effect is mostly due to the WGS equilib-
rium, since a lower C/O implies higher T and the equilibrium of the
exothermic WGS is shifted toward the reactants CO and H2O. The
second effect upon lowering F is probably due to the comparably
slow rate of steam reforming, which has at low flowrates more
time to proceed than at high flowrates.
4.4. Sensitivity analysis to the active catalytic surface

Specific surface of the catalyst is key information. We measured
the pore size through image analysis of the foam, as described in
[23]. From the pore size, the surface of the support was determined
and the surface-to-volume ratio calculated as SV = 8000 m�1. Spe-
cific surface is required in the model equations to calculate the vol-
umetric contribution of heat and mass transfer between gas and
solid, and it was also included in the dimensionless transport cor-
relations. Literature [29] reports specific surface values up to
21,000 m�1 for the 80 ppi foam, suggesting that cracks and pores
in the struts connecting the foam cells naturally provide additional
surface area.

The specific active catalytic surface, SV,C, can differ significantly
from the geometrical one, depending on the extent of catalyst dis-
persion and on the 3D structure of the catalyst on the support. We
account for such increase assuming a SV,C = 16,000 m�1 [14], in the
absence of available measurements. Because of this critical infor-
mation being assumed, a sensitivity analysis on SV,C was imple-
mented, testing methane conversion and syngas selectivity at SV,C

= 8000, 16,000 and 32,000 m�1. Analysis was applied to the case
of F = 5 slpm and C/O = 0.8, where the maximum gap between cal-
culated and experimental data was observed. Results are shown in
Table 4 as CH4 conversion and H2 and CO selectivity at the catalyst
Table 4
Conversion and selectivities at the exit of the catalyst section for F = 5 slpm and the C/
O = 0.8 stoichiometry, varying SV,C.

Experimental SV,C = 8000 m�1 SV,C = 16,000 m�1 SV,C = 32,000 m�1

XCH4 (%) 98.7 84.1 91.7 96.7
SH2 (%) 88.8 83.1 89.5 93.3
SCO (%) 93.6 84.8 84.3 83.7
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exit. Methane conversion increases at higher SV,C, approaching the
experimental value at SV,C = 32,000 m�1, thus suggesting that the
actual catalytic area might have been underestimated by
SC,V = 16,000 m�1 used in the model. As a matter of fact, the main
discrepancies in the species profiles were noted in the reforming
zone, where a chemical regime prevails and a correct value of
the active catalytic surface is crucial. On the other hand, syngas
selectivity does not improve while increasing the active surface
area. The H2 selectivity reaches a value higher than the experimen-
tal, while CO selectivity decreases, moving farther to the experi-
mental value. We simply conclude that uncertainties in the SV,C

values are not the key to explain the residual discrepancies be-
tween model predictions and experimental measurements.

4.5. Sensitivity analysis to the kinetic constants

The evidence that selectivities to syngas are not significantly af-
fected by variation in SV,C suggests that critical steps in the kinetic
mechanism, instead of the overall rate, determine the syngas yield.
It is out of the scope of this work to suggest a new set of surface
kinetic parameters, since it would require a broader and systematic
experimental data set. However, sensitivity to kinetic constants
can be evaluated. We used the same reference case, i.e. F = 5 slpm
and C/O = 0.8 stoichiometry. To focus on the kinetic mechanism, a
PFR model was implemented using the experimental temperature
profile. It corresponds to assuming kinetic regime along the whole
reactor. Each pre-exponential factor was individually and indepen-
dently increased by 10%, and the variation in the CO selectivity at
the reactor exit was evaluated. Relative change in SCO was always
<1%. Focusing on the reactions (from the mechanism in Table 1)
affecting SCO more than 0.1%, we observe that an acceleration of
Reactions 1, 3, 9, 10, 13, 15, 23 and 31 increases SCO. Vice versa,
increasing the rate of Reactions 4, 6, 7, 12, 14, 16 and 21 lowers
SCO. Given these evidence, we tentatively increased by 5% the
pre-exponential factor of the reactions that showed a positive
selectivity on SCO (i.e. 1, 3, 9, 10, 13, 15, 23 and 31) and decreasing
by 5% those with a negative effect. Overall, 15 reaction parameters
were modified. The results show an increase by 5.7% in the selec-
tivity for the pure chemical regime simulation described. The mod-
ified kinetic mechanism in the complete model, including
transport phenomena, leads to an increase in SCO by 6.4%. Results
are summarized in Table 5, clearly showing the progress in
approaching the experimental measurements. Filling the gap be-
tween the model and the experiment was not the aim of this anal-
ysis, thus the mechanism was not reformulated further. We
reaffirm that even the modifications applied in this analysis are
not supported by enough experimental investigation and have to
be considered as a mere proof of concept that the kinetics appear
to be responsible for the mismatch between calculated and ob-
served product composition. The syngas selectivity is not directly
determined by the active catalytic surface-to-volume ratio, and it
can be improved by modifying the relative rate of the mechanism,
which clearly requires a further refinement.
Table 5
CO selectivity at the exit of the catalyst section for F = 5 slpm and the C/O = 0.8
stoichiometry. Results are obtained with a plug flow reactor model using the
experimental surface temperature and with a model implementing transport
phenomena (this work). The original surface kinetic mechanism was compared with
a modified kinetics, where selected reaction rates were altered in order to increase
the CO selectivity. The reference experimental value is 93.6%.

Original
kinetics

Modified kinetics (±5% in selected
reactions)

PFR (%) 80.9 86.6 (+5.7)
Model (this work) (%) 84.3 89.7 (+6.4)
5. Conclusions

In this work, original experiments at different C/O ratios in the
feed and total flowrates are presented and critically compared with
model predictions. We developed a pseudo-1D model, including
solid, bulk gas and boundary layer mass and energy balances
accounting for axial heat conduction and diffusion, and radiation.
The micro kinetic model for CH4 oxidation on Rh, taken from the
literature, includes adsorption, desorption and surface reactions.

The experimental data at different stoichiometries show that all
product species (H2, CO, H2O and CO2) are formed in the presence
of O2 (oxidation zone) and that both O2 and CH4 react in the diffu-
sive regime at C/O = 0.8 and 1, while at C/O = 1.3, the CH4 reacts al-
ready in a mixed regime due to the rather low surface
temperatures. In the reforming zone, the slow kinetics produce,
at each stoichiometry, a kinetic regime. Increasing the flowrate
shifts all species profiles downstream. Besides, their overall shape
changes slightly due to changing contributions of convection, dif-
fusion and transport phenomena at different gas velocities. At
F = 10 slpm, CH4 conversion is lower despite enhanced mass trans-
fer and higher surface temperatures because the contact time is
substantially reduced.

The model reproduces the experimental behavior well, both
qualitatively and quantitatively. Best agreement between model
and experiments is obtained at the highest C/O. The model de-
scribes the oxidation zone generally well for all stoichiometries;
however, it underestimates by 10% the exit methane conversion
at C/O = 0.8. The results of a sensitivity analysis show that the ac-
tive catalytic surface-to-volume ratio is likely underestimated in
the model. The effect of flowrate is generally well captured by
the model apart from in the case of augmented kinetic control.
The simulation is excellent at F = 2.5 slpm for the entire catalyst
length and at higher F in the early oxidation zone, but deviations
become larger when surface kinetics become more important.
Nonetheless, from the comparison between experimental and cal-
culated data, we concluded that some features of the measured
profiles are not reproducible by the model.

The effect of flowrate on the dominant regime was investigated.
Pure transport regime and kinetic regime were assumed and the
relative resistances calculated and compared, showing that the
O2 reacts in diffusion regime for all the range of F investigated,
while CH4 reacts in transport regime at the lowest F and in mixed
regime at the highest.

The model allows analysis of the reaction path leading to hydro-
gen formation. By inhibition of product re-adsorption in the model,
it is demonstrated that H2 can be a primary product even in the
presence of gas phase O2, supporting the significance of the direct
route from CH4. Both mechanisms, direct and indirect, contribute
significantly to produce H2. One or the other prevails depending
on the temperature and the surface coverage of the catalyst.

The analysis of the surface coverages shows an analogous effect
when decreasing C/O or increasing F. Mainly because surface tem-
peratures are higher when C/O is decreased or when F is increased,
CO(s) and C(s) decrease in coverage while H(s) increases in the steam
reforming zone due to a higher rate of the SR reaction. O(s) is con-
sumed in a longer section of the catalyst and Rh(S) increases, mean-
ing that the process becomes more kinetic limited.

Syngas selectivity was also calculated, both from measured and
from calculated profiles. SH2 is well described by the model at each
stoichiometry and flowrate, while SCO is underestimated in every
case by up to 8%. A comparison with thermodynamic equilibrium
calculations indicates that the experimentally observed CO selec-
tivities are higher on the used Rh catalyst than equilibrium. This
is due to the relative slowness of the WGS reaction on this catalyst.
On the other hand, those predicted by the model are below
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equilibrium, which is the main discrepancy between the model
and the experiments. A sensitivity analysis on the kinetic parame-
ters showed that the modification of selected reactions in the sur-
face mechanism enhances the CO selectivity and improves the
predictability of the model. Both in the measured and in the calcu-
lated profiles, CO2 is produced in the oxidation zone and also in the
reforming zone only in the case of C/O = 0.8. In this test, the cata-
lyst temperature is above 800 �C, and the WGS reaction is kineti-
cally favored; this indicates that continued CO2 formation can be
avoided if the catalyst temperature is kept below this value.
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